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A novel approach for the esterification of free fatty acid (FFA) in acidic crude palm oil (ACPO) was investigated
using a trickle bed reactor (TBR). The TBR was packed with 4-ethylbenzenesulfonic acid (EBSA) supported on a
low-density polyethylene (LDPE) and activated carbon (AC) hybrid support. This study introduces the use of a
polyethylene-activated carbon hybrid supported catalyst in continuous TBR system which is not explored in the
past research of FFA esterification. ACPO with an FFA content of 10.17 wt% was fed counter-currently with
methanol vapor through the catalyst bed. Under optimum conditions, the EBSA supported on AC (EBSA/AC)
achieved 92.40% FFA conversion and was successfully recycled for 3 times while the EBSA supported on LDPE:
AC (1:1 mass ratio) achieved 90.20% and was recycled for once. The optimum conditions for both supported
catalysts were 14 g of EBSA impregnated onto 6 g of supports, oil flow rate of 3 mL/min, 50 mL of methanol fed
to the reboiler, reaction temperature of 65 °C and reaction time of 30 mins. The EBSA/AC showed a catalyst
consumption of 42.50 mg/g, while the EBSA/LDPE:AC(1:1) which had 3 g of LDPE and 3 g of AC consumed
85.00 mg/g. The EBSA/AC also produced twice of the yield of treated oil compared to the EBSA/LDPE:AC(1:1).
Hydrodynamic analysis indicated that the TBR operated under a trickle flow regime. The catalyst wetting effi-
ciencies of EBSA/AC and EBSA/LDPE:AC(1:1) were 71.70% and 57.59% respectively, suggesting partial catalyst
wetting in both cases. While EBSA/AC demonstrated superior performance, this study highlights the feasibility
and potential utilization of polyethylene-activated carbon hybrid supported catalyst in continuous FFA
esterification.

contaminants, impurities and moisture [3]. The FFA content increases
through hydrolysis by microbial lipase in the CPO. Long-term storage of

1. Introduction

Crude palm oil (CPO) extracted from palm oil mesocarp consists of
both unsaturated (primarily oleic) and saturated (primarily palmitic)
fatty acids [1,2]. Besides glycerides, CPO also contains minor non-
glyceride compounds such as free fatty acid (FFA), metal
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harvested palm bunches, fruit bruising, microbial contamination and
inefficient transportation to the mill increase the lipase activity [4]. The
FFA content in CPO is undesirable since it causes a higher product loss
during refining, reduces the oil stability and increases the oil rancidity

E-mail addresses: adeeb.hayyan@yahoo.com (A. Hayyan), mahar.diana@um.edu.my (M.D. Hamid), yalanazil @ksu.edu.sa (Y.M. Alanazi).

https://doi.org/10.1016/j.fuproc.2026.108450

Received 8 February 2026; Received in revised form 21 March 2026; Accepted 30 March 2026

Available online 24 April 2026

0378-3820/© 2026 The Authors. Published by Elsevier B.V. This is an open access article under the CC BY-NC-ND license (http://creativecommons.org/licenses/by-

nec-nd/4.0/).


mailto:adeeb.hayyan@yahoo.com
mailto:mahar.diana@um.edu.my
mailto:yalanazi1@ksu.edu.sa
www.sciencedirect.com/science/journal/03783820
https://www.elsevier.com/locate/fuproc
https://doi.org/10.1016/j.fuproc.2026.108450
https://doi.org/10.1016/j.fuproc.2026.108450
http://crossmark.crossref.org/dialog/?doi=10.1016/j.fuproc.2026.108450&domain=pdf
http://creativecommons.org/licenses/by-nc-nd/4.0/
http://creativecommons.org/licenses/by-nc-nd/4.0/

P. Uthamaseelan et al.

[5]. Based on the Department of Standards Malaysia (DOSM), the
Malaysian Palm Oil Board (MPOB) sets the maximum FFA content in
CPO as 5 wt% to ensure its quality. Therefore, only CPO that meets the
MPOB's standard is accepted by the Palm Oil Refiners Association of
Malaysia (PORAM) to further refine for food applications [4]. This leads
to a larger generation of low-grade palm oil (LGPO) in the palm oil mills.

LGPO such as acidic crude palm oil (ACPO) and sludge palm oil
(SPO) contain more than 5 wt% of FFA [6]. The ACPO is a non-edible
grade oil recovered from overripe fruit bunches while the SPO is the
residual oil from palm oil mill effluent (POME). Generally, ACPO has an
FFA content from 5 to 20 wt%, while the SPO has an FFA content that
ranges from 20 to 80 wt% [7,8]. Despite being unsuitable for food ap-
plications, these by-products are promising feedstocks for biodiesel
production if they undergo pre-treatment processes to reduce their FFA
levels.

The pre-treatment process of LGPO is crucial for biodiesel production
as FFA reacts with the base catalyst used in transesterification process to
form soap, thereby resulting in a reduced catalyst efficiency [9]. Various
pre-treatment techniques for FFA reduction have been explored,
including chemical esterification, enzymatic methods, molecular distil-
lation, supercritical extraction and glycerolysis [10-12].

The acid-catalyzed esterification of FFA is typically utilized for FFA
reduction as it requires mild temperatures and atmospheric conditions,
which lowers the operational costs and energy consumption when
compared to other techniques [13]. The mechanism of acid-catalyzed
FFA esterification involves four steps as presented in Fig. 1. In Step 1,
a carbocation is formed after the acid catalyst's proton (H') protonates
the carbonyl group of the FFA. The typical catalyst for esterification is
sulphuric acid or sulphonic based catalyst such as p-toluenesulfonic acid
and benzenesulfonic acid. In Step 2, methanol which acts as a nucleo-
phile attacks the electrophilic carbocation and forms a tetrahedral in-
termediate. Fatty acid methyl ester (FAME) is formed after the
intermediate rearranges itself and releases a water molecule and a
proton in Step 3 and 4, respectively [14,15].

Previous studies on the FFA esterification have been based on ho-
mogenous catalysts within batch reactors. Although they have resulted
in high FFA conversions due to a higher access to the active sites of
homogeneous catalyst along with a longer residence time, there are
some disadvantages such as insufficient catalyst separation from the
product, higher catalyst consumption and longer reaction times [16,17].
To overcome these drawbacks, this study explores the application of a
three-phase catalytic continuous reactor with a supported catalyst, to
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Fig. 1. The mechanism of an acid-catalyzed FFA esterification reaction.
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achieve higher FFA reduction, shorter reaction time and lower catalyst
consumption.

Three-phase catalytic reactors such as fixed bed reactor (FBR) and
trickle bed reactor (TBR) can be considered for FFA esterification since
they are widely used in the transesterification process. While FBR is used
for low viscous feed such as canola oil, soybean oil and rapeseed oil, TBR
is used for high viscous feed such as crude palm oil [18-20]. Moreover,
TBRs are the most commonly utilized three-phase catalytic reactors in
the petrochemical industries and several studies on TBR have been re-
ported such as the transesterification of palm oil using calcium oxide
catalyst [21], esterification of acetic acid using Purolite 151 (acidic ion
exchange resin) [22], hydrogenation of Cs — Cg olefins using
cobalt-molybdenum catalyst supported on alumina [23] and hydro-
treatment (hydrodesulfurization, hydrodenitrogenation and hydro-
dearomatization) of petroleum feed stocks [24].

TBR is selected over FBR in this study mainly due to the usage of high
viscous feed which is ACPO. Since highly viscous oil flows in the form of
droplets, the continuous gas flow promotes uniform liquid distribution
by providing drag forces which push the viscous liquid droplets into the
catalyst bed and increases the spread of liquid film over the catalyst
surface. This increases the utilization of catalyst where the catalyst
wetting and residence time of the liquid phase in the bed increase, thus
achieving a higher mass transfer and reaction conversion in the TBR
[25]. In the FBR where liquid flow is continuous, channeling of the flow
could occur as highly viscous liquid has higher resistance and flows in
the path with the lowest resistance. This leads to an uneven distribution
of the liquid and part of the liquid phase will bypass the catalyst bed
leading to a lower catalyst utilization and the distribution worsens at
higher liquid velocity where the flow becomes turbulent. Moreover, the
concentrated liquid flow in the channels can form hotspots and lead to
thermal degradation of the catalyst [26]. Hence, a strict control over the
feed flow rate is necessary for the FBR while the TBR is more adaptable
to fluctuations in the feed flow rate. Higher conversion and selectivity
are also achievable in TBR as the plug flow conditions are easily ach-
ieved due to the trickling flow of the liquid. Plug flow condition repre-
sents minimal axial mixing, uniform velocity profile and shorter
residence time across the reactor's cross section [27]. Since the trickle
flow profile typically maintains between the laminar and the transitional
flow profiles, the plug flow condition is easily achieved as turbulent flow
is less common in TBR.

A critical factor in the TBR performance is the catalyst design. Sup-
ported heterogeneous catalysts have significantly larger surface areas
than unsupported catalysts which possess surface areas between 1 and
50 m%/g. Examples of common catalyst supports with high specific
surface area are alumina (179-497 mz/g), silica (~750 mz/g), and
activated carbon (~830 mz/g) [28-30]. The increased specific areas in
the supports allow for the widespread dispersion of small catalyst par-
ticles, accelerating the catalytic reaction rate [31]. Additionally, the
catalyst supports allow full utilization of the catalyst's efficiency as a
catalytically active center. Recent studies are mainly focused on the
fabrication of biochar and activated carbon (AC) from lignocellulosic
biomass-based precursors from agricultural wastes such as coconut
shells, rice husk and palm kernel shells [32]. AC is more expensive than
biochar since it requires an additional activation step but the catalytic
performance of supported catalyst using AC can be enhanced due to its
larger surface area. Younghyun Lee reported 1,4-butanediol production
using a Ru—Re catalyst, where the Ru-Re/biochar had 17 times lower
metal dispersion on the surface in comparison to Ru-Re/AC due to the
lower surface area of biochar than AC [33]. This shows the superiority of
AC as catalyst support. Nagireddi also reported that AC showed greater
adsorption capability of contaminants than biochar where AC adsorbed
4-10% more polychlorinated biphenyls from sediments. AC also
removed bichlorinated dibenzo-p-dioxins/dibenzofurans from soil and
mercury from wastewater more efficiently than biochar. Greater
adsorption of AC were significantly contributed due to its finer particle
size, higher porosity and surface area [34]. Hence, AC is selected as one
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of the catalyst support in this study.

In addition to AC, plastic wastes are recently being studied as catalyst
supports due to the plastic waste problem that has become a significant
concern with a detrimental impact on both the environment and so-
cioeconomic development. Poor management of plastic waste pollutants
in the environment and significant loss in economic value are due to the
plastic waste accumulation in dumps and drainages instead of being
reused for a better purpose [35-37]. The development of plastic based
catalytic support ensures the quality of sustainable environment and
reduces the amount of plastic wastes [38,39]. The major advantages of
plastic catalyst supports are their cheaper price and high mechanical
strength [40]. Application of plastic as catalyst support includes pho-
todegradation of pesticide 4-chlorophenol [38], Photo-Fenton process of
Ponceau 4R dye [41], epoxidation of cinnamyl alcohol [40] and deni-
trification of water [42].

Several studies on biochar filled high-density polyethylene [43],
biochar microsphere-polylactic acid composite [44] and polylactic
acid-carbon quantum dots composite [45] showed that carbon-base
materials integrated with polymer composites have stronger thermal
and mechanical properties. For instance, carbon quantum dots (CQD)
have been incorporated into polylactic acid (PLA) films to simulta-
neously improve mechanical, thermal, and degradation properties,
showing that nanoscale carbon fillers can strengthen polymer matrices
and accelerate degradation process [45]. Similarly, fully biomass-
derived nanocomposite films fabricated from CQD and carbon nano-
sheet (CNS) derived from cellulose nanofiber (CNF) and or exhibited
excellent mechanical strength and thermal conductivity while main-
taining biodegradability [46]. Additionally, the design of all-biomass
nanocomposite films for thermal management and electromagnetic
interference shielding further highlights the potential of combining
carbon-based materials with flexible polymeric networks to achieve
multifunctional performance [47]. These studies collectively illustrate
that carbon materials, when combined with polymer supports, can
improve structural, thermal, and functional properties, which concep-
tually supports the strategy of using AC with plastic in our TBR system.
As of now, there are no studies that have used AC hybridized with plastic
as catalyst support for FFA esterification using TBR.

This study is particularly relevant to sustainable FFA esterification
process by simultaneously addressing applications of TBR and
polyethylene-activated carbon hybrid supports in a three-phase catalytic
system. Objective of this study is to investigate the feasibility of using
this hybrid catalyst support for the esterification of FFA in TBR. This is
the first study to introduce the use of low-density polyethylene (LDPE)
with AC as a hybrid packing bed in TBR for FFA esterification.

2. Experimental methods
2.1. Materials

Acidic crude palm oil was collected from a local palm oil mill in
Selangor, methanol (99.8%), 4-ethylbenzenesulfonic acid (CgH¢O3S,
99%), granular activated carbon (AC) and low-density polyethylene
(LDPE) pellets were purchased from MeRCK Malaysia Sdn. Bhd.
(MeRCK). Characterization and fatty acid composition of ACPO are
presented in Table 1 and Table 2 respectively. (See Table 3.)

According to MeRCK, molecular weight and density of granular AC
are reported as 12.01 g/mol and 1.9 g/cm?® respectively. Additionally,
our surface morphology study revealed that the BET surface area and
micropore volume of AC are 120.35 m?/g and 0.05 cm®/g respectively.
On the other hand, MeRCK also reported that the density and melting
point of white LDPE pellets are 0.925 g/mL and 116 °C respectively.

2.2. Preparation of supported acid catalyst

Despite certain changes to the supported catalyst's synthesis process,
the preparation steps were mainly based on wet impregnation technique
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Table 1

Characterization of ACPO.
Parameters Value
Free fatty acid, FFA (wt%) 10.17
Deterioration of bleachability index, DOBI 0.6
UV absorbance @ 233 nm, E233 2.35
UV absorbance @ 269 nm, E269 1.10
Peroxide value (meq O/kg oil) 7.9
Anisidine value 18.0
UV total oxidation value, UV Totox 3.33
Impurities (wt%) 0.02
Moisture content (wt%) 0.62
Iodine value (g I5/100 g oil) 52.3
Saponification value (mg KOH/g oil) 192
Carotene (ppm) 251
Iron (ppm) 33.5
Copper (ppm) 0.22
Phosphorus (ppm) 11.86

Table 2

Fatty acid composition of ACPO.

Fatty Acids Type of fatty acid Fatty acid composition (%)
Lauric acid, C12:0 Saturated 0.112
Myristic acid, C14:0 Saturated 0.977
Palmitic acid, C16:0 Saturated 44.246
Palmitoleic acid, C16:1 Unsaturated 0.210
Stearic acid, C18:0 Saturated 4.378
Oleic acid, C18:1 Unsaturated 39.555
Linoleic acid, C18:2 Unsaturated 9.589
a-Linolenic acid, C18:3 Unsaturated 0.326
Arachidic acid, C20:0 Saturated 0.606

Table 3
FFA conversion in co-current and counter-current mode.

Flow Mode Initial FFA (wt Final FFA (wt Average FFA Conversion
%) %) (%)
Co-current 10.17 5.09 +0.55 50.00
Counter- 10.17 354055 6522

current

reported by Yassaghi and Davoodnia [48]. In this study, silica used by
Yassaghi was replaced with LDPE, AC, and their mixtures. Firstly, the
desired amounts of 4-ethylbenzenesulfonic acid (EBSA) were poured
into a 250 mL conical flask and weighed on a mass balance. The EBSA
was then heated at 70 °C and stirred at 300 rpm simultaneously for 10
mins on a hotplate magnetic stirrer to completely melt the excess solid
lumps of acid. Five different supports were prepared by varying the
mixing mass ratio of LDPE and AC. The LDPE:AC mixtures were placed
in a crucible and heated at LDPE's melting point (120 °C) in a drying
oven [41]. This is to allow the softened polymer to encapsulate and bind
to the AC particles. This melt-blending approach establishes physical
adhesion between the LDPE and AC without the use of solvents. Then,
impregnation began by firstly adding supports, LDPE, LDPE:AC(2:1),
LDPE:AC(1:1), LDPE:AC(1:2) and AC separately into the liquid EBSA.
Methanol was then added as a co-solvent until it slightly exceeded the
level of the acid-support mixtures. The mixtures were shaken for 1 h at
180 rpm using an orbital shaker. Then, the mixtures were submerged in
ultrasonic water bath for 1 h to allow the adsorption of EBSA onto the
supports. Finally, the wet mixtures were dried overnight at 65 °C in a
drying oven to fully evaporate the methanol. The solid products were
then gently crushed to obtain a uniform particle size distribution be-
tween 1.0 and 1.8 mm for further use in this study.
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2.3. Reaction apparatus, experimental assays and analytical procedures

A laboratory scale TBR has been fabricated, and it primarily consists
of cylindrical packing columns from stainless steel [the pilot-scale unit is
displayed in Fig. 2 (a)]. The bed column consists of three sub-packing
columns as shown in Fig. 2 (b). Each sub-column has a volume of 110
cm?® where the diameter and height are 3.65 cm and 10.5 cm, respec-
tively. The direct packing of supported catalyst in the bed column could
obstruct the proper flow of reactants due to the small sizes and voids
between the catalysts. Thus, polystyrene pellets have been used along
with the supported catalyst. In the co-current mode, two peristaltic
pumps feed the liquid methanol and ACPO into the TBR, and a distrib-
utor directs them onto the solid catalyst bed. In contrast, the liquid
methanol is fed into the reboiler of TBR and vaporized during the
counter-current mode. The methanol vapor then flows upward through
the solid catalyst bed while the ACPO keeps flowing downward. The
esterification of FFA takes place in both modes when the reactants are in
constant contact with each other on the catalyst's surface. The TBR is
connected to a refrigerated water bath integrated with an immersion
thermostat, where its function is to circulate hot water within the jackets
of the reboiler and the column. The TBR is also equipped with temper-
ature indicators which measure the temperature of the heating jackets of
both TBR column and reboiler. Besides vaporizing methanol, the
reboiler also stores the product and can be drained out through the drain
valve at the bottom of the reboiler. Furthermore, a reflux condenser is
connected to the top of the TBR to condense the unreacted methanol
vapor and circulate it into the reboiler.

To determine the suitable operating mode (co-current or counter-
current flow of reactants), the fixed variables were the amount of
EBSA (10 g), the amount of LDPE (10 g), ACPO flow rate (1 mL/min),
reaction temperature (65 °C) and duration of run (30 mins). Only the
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flow direction of methanol was controlled. For the co-current mode,
methanol was pumped at 2.5 mL/min while in the counter-current
mode, 75 mL of methanol was fed to the reboiler and vaporized.

Based on these results, the counter-current mode was selected, and
the experimental duration was fixed at 30 mins throughout the opti-
mization process. The effects of operating parameters such as the
amount of EBSA catalyst (6-18 g), the amount of catalyst support (4-12
g), the flow rate of ACPO (1-5 mL/min), the volume of methanol fed to
reboiler (50-140 mL) and the reaction temperature (65-85 °C), were
investigated through a single factor optimization. Note that all experi-
ments had 3 replications, and the average values with their standard
deviations were reported to ensure reproducibility and minimize
experimental error. Furthermore, a one-way ANOVA analysis was pre-
sented at the end of single factor optimization. Although the MPOB's
maximum limit is 5 wt% FFA, the maximum limit was restricted to 2 wt
% FFA in this study. Recyclability study was performed to determine the
catalytic activity, where the maximum time taken to exceed the 5 wt%
limit was determined.

The main product of treated ACPO, comes along with the unreacted
methanol and contains FAME, water and some escaped catalyst particles
in smaller fractions. The treated ACPO was centrifuged for 4 mins at
1200 rpm. Two distinct layers were formed after centrifugation, with
methanol occupying most of the lower density layer. The methanol layer
was removed using a pipette. The product was further dried in a drying
oven at 90 °C for 3 h to remove the moisture. The FFA content can be
measured once the treated ACPO is fully cooled to room temperature.

Acid-base titration using phenolphthalein as indicator was used to
calculate the FFA content in the ACPO and the treated oil. Titration
technique and FFA calculation conform to the American Oil Chemist
Society's (AOCS) method, Ca 5a-40, which is appropriate for commercial
fats and oils. 1 g of o0il sample was mixed with 50 mL of phenolphthalein

a) b)
i Cooling
water outlet[g
3 i lc Control
:ﬁm E panel Methanol
Condenser ) % condenser
T
Peristaltic
pumps Cooling
water inlet
- Additional
/ : Oil inlet™™ /quuid inlet
Qilinlet ol ket
/ 4 Hot water
G nacked bed inlet
<- column Catalyst bed
4 Packed bed
[ column
MethanM . Heating jacket
inlet Methanol
_ JaCkEtEd feeding area N7
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4 Hot water outlet
\ inlet T
Product Heating jacket Reboiler
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Fig. 2. Laboratory scale TBR in the pilot lab (a); Drawing of the laboratory scale TBR (b).
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solution, and the mixture was titrated with potassium hydroxide (KOH)
until the yellowish mixture turned reddish orange.
Eq. 1 below was used to calculate the FFA conversion:

FFAﬁnal — FFAinitial

x 100% (€]
FFAinitial ’

FFA conversion (%) =

where,FFAjpjtia is the initial FFA content (wt%) and FFAgp,) is the final
FFA content in treated ACPO (wt%).

Eq. 2 was used to determine the catalyst consumption, which is the
mass of catalyst used per gram of the treated oil produced at the end of
catalyst reusability study.

Catalyst consumption <%> =

Mcatalyst
eyt 100% @)
Mireated ACPO

where,Mcatalyst is the mass of catalyst used (mg) and myeated acpo is the
mass of treated ACPO (g).

2.4. Characterization of supported acid catalysts

The surface morphology of the supported catalysts were investigated
using Field Emission Scanning Electron Microscope (FESEM, Model: FEI
Quanta FEG 650) after the optimization study. The presence of sulfonic
acid (SOsH) which serves as a proton donor group in the EBSA catalyst,
was confirmed by Energy Dispersive X-Ray (EDX) analysis incorporated
with the FESEM.

2.5. Nuclear Magnetic Resonance (NMR) analysis

Nuclear magnetic resonance (NMR) spectroscopy is necessary to
confirm the conversion of FFA into FAME. The spectroscopy was con-
ducted based on Lisa and Annaliese where 20 mg of treated oil sample
was dissolved in 1 mL of deutrated chloroform and transferred to 5 mm
NMR tube [49]. Tetramethylsilane was used as an internal reference and
the chemical shifts were reported in parts per million (ppm). Signal
averaging was done by accumulating 16 scans. The 'H NMR spectrum
was analysed to identify characteristic peaks corresponding to func-
tional groups of FAME.

2.6. Hydrodynamics study

The hydrodynamic parameters in TBR are important as its efficiency
is heavily affected by the flow patterns of liquid and gaseous reactants
through the packed bed. There are several hydrodynamic parameters
that determine the TBR's efficiency such as the flow regime, pressure
drop, liquid holdup, catalyst wetting efficiency, gas-liquid mass transfer
coefficient, liquid-solid mass transfer coefficient and gas-solid mass
transfer coefficient. Proper understanding of hydrodynamics ensures
uniform distribution of reactants, sufficient contact time between the
reactants and the catalyst, utilization of catalyst and overall reaction
kinetics. In this study, the flow regime, liquid holdup, catalyst wetting
efficiency, gas-liquid, liquid-solid and gas-solid mass transfer co-
efficients will be determined for the optimized conditions. Pressure
changes were assumed negligible since the TBR is operating under at-
mospheric conditions with a short length of bed (10.5 cm).

3. Results and discussions
3.1. Mode selection of reactant flow

For the co-current mode, the FFA content was reduced from 10.17 wt
% to 5.09 + 0.55 wt% under the following conditions: 10 g of EBSA
catalyst, 10 g of LDPE support, 1 mL/min of oil flow rate, 2.5 mL/min of
liquid methanol flow rate, 65 °C reaction temperature and 30 mins
duration run. For the counter-current mode, the FFA content was
reduced from 10.17% to 3.54 + 0.55% under the following conditions:
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10 g of EBSA catalyst, 10 g of LDPE support, 1 mL/min of oil flow rate,
75 mL of methanol fed to the reboiler, 65 °C reaction temperature and
30 mins duration run. Moreover, results of one-way ANOVA test showed
F(1,4) = 11.91 and p = 0.03 at 95% confidence level. This indicates
mode of reactant flow significantly affect final FFA content due to p <
0.05.

FFA conversion for the counter-current (65.22%) was higher than
the co-current mode (50.00%). This is due to the presence of oil in trickle
flow which possesses larger contact area with methanol vapor in the
counter-current flow compared to liquid methanol in the co-current
flow. According to a study on the transesterification of sunflower oil
using sodium hydroxide in a TBR by Behzadi and Farid, the conversion
of sunflower oil were 95% and 99% in the co-current and counter-
current modes, respectively [50]. This confirms that the heated oil
and micro-sized methanol vapor droplets which flow in a counter-
current mode possess larger contact surface area, thus enhancing the
conversion rate. Hence, the counter-current mode was selected due to
the higher FFA conversion and further optimization of operating pa-
rameters were performed in this mode.

3.2. Effect of catalyst amount

The optimization of EBSA catalyst up to 18 g is presented in Fig. 3.
The fixed parameters for this step were 6 g of catalyst support, 1 mL/min
of oil flow rate, 50 mL of methanol fed to the reboiler, 65 °C of reaction
temperature and reaction time of 30 mins. Given the initial FFA content
of 10.17 wt%, the lowest FFA content was achieved and sustained within
the FFA limit of 2 wt% when 14 g of EBSA catalyst was impregnated onto
the supports. The final FFA content achieved for the catalysts, EBSA/
LDPE, EBSA/LDPE:AC(2:1), EBSA/LDPE:AC(1:1), EBSA/LDPE:AC(1:2)
and EBSA/AC were 1.44 + 0.55 wt%, 1.33 + 0.44 wt%, 1.00 + 0.44 wt
%, 0.88 + 0.33 wt% and 0.77 + 0.22 wt%, respectively. Initially, the
increase in the amount of EBSA catalyst provides more active sites for
the reactants, particularly FFA and methanol to bind, thus leads to a
higher reaction rate. According to a similar study on FFA esterification
using sulfonated resin-polyvinyl alcohol composite (SR/PVA) in a batch
reactor, SR/PVA (mass ratio 1:1) and SR/PVA (mass ratio 3:2) had FFA
conversions of 78.3% and 95.0% respectively. This indicates that lack of
catalytic sites in SR/PVA (mass ratio 1:1) resulted in a lower conversion
[51]. Moreover, Puagsang also reported that the FFA conversion
increased from 90% to 96% when the dosage of sulphuric acid catalyst
was increased from 0.25% to 1.00% [7]. However, in our study, the final
FFA content slightly increases (lower FFA conversion) when 16 g of
EBSA catalyst was used due to the fact that an increase in the amount of
EBSA catalyst beyond the optimum point leads to an excess of un-
adsorbed catalyst by the support. The excess of un-adsorbed acid cata-
lyst is more prone to leaching from the support and escapes from the bed
along with the treated oil. This increases the acidity of the treated oil and
results in poorer FFA conversion. Hence, the optimum amount for the
EBSA catalyst is 14 g. Moreover, results of one-way ANOVA test at op-
timum level showed F(4,10) = 1.48 and p = 0.30 at 95% confidence
level. This indicates at optimum catalyst amount (14 g), there is no
significant difference between the final FFA content achieved by all five
catalysts due to p > 0.05.

3.3. Effect of amount of catalyst support

The optimum amount of catalyst support up to 12 g is presented in
Fig. 4. The fixed parameters for this step were 14 g of EBSA catalyst, oil
flow rate of 1 mL/min, 50 mL of methanol fed to the reboiler, 65 °C of
reaction temperature and reaction time of 30 mins. Given the initial FFA
content of 10.17 wt%, the lowest FFA content was achieved and sus-
tained within the FFA limit of 2 wt% when 6 g of catalyst support was
impregnated with the EBSA catalyst. At 6 g of catalyst support, the FFA
content achieved for the catalysts, EBSA/LDPE, EBSA/LDPE:AC(2:1),
EBSA/LDPE:AC(1:1), EBSA/LDPE:AC(1:2) and EBSA/AC were 1.44 +
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Fig. 3. Effect of EBSA catalyst amount on FFA reduction under the following conditions: 6 g of catalyst support, 1 mL/min of oil flow rate, 50 mL of methanol fed to

the reboiler, 65 °C as reaction temperature & 30 mins of reaction time.
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Fig. 4. Effect of catalyst support amount on the FFA reduction under the following conditions: 14 g of EBSA catalyst, 1 mL/min of oil flow rate, 50 mL of methanol

fed to the reboiler, 65 °C as reaction temperature & 30 mins of reaction time.

0.55 wt%, 1.33 + 0.44 wt%, 1.00 + 0.44 wt%, 0.88 + 0.33 wt% and
0.77 + 0.22 wt%, respectively. Initially, increasing the amount of
catalyst support for up to 6 g enhances the surface area for catalyst
deposition, which provides larger contact area for the reactants to bind
onto the active material, thus increasing the FFA reduction. However,
the final FFA content was higher (lower FFA conversion) when the
support amount increased to 8 g and above. Based on these observations,
the increase in the support amount leads to a longer catalyst bed flow
and flooding of the condensed methanol on top of the column. This

inhibits the circulation of methanol vapor in the TBR system. Another
possibility is the poor heat transfer within the reactor as the thickening
of catalyst bed could result in hot spots which eventually reduced the
reaction rate [27]. Hence, the optimum amount for the catalyst support
is 6 g. Moreover, results of one-way ANOVA test at optimum level
showed F(4,10) = 1.48 and p = 0.30 at 95% confidence level. This in-
dicates at optimum support amount (6 g), there is no significant dif-
ference between the final FFA content achieved by all five catalysts due
top > 0.05.
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Fig. 5. The effect of oil flow rate on FFA reduction under the following conditions: 14 g of EBSA catalyst, 6 g of catalyst support, 50 mL of methanol fed to the
reboiler, 65 °C as reaction temperature & 30 mins of reaction time.
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3.4. Effect of oil flow rate

The optimization of the oil flow rate up to 5 mL/min is presented in
Fig. 5. The fixed parameters for this step were 14 g of EBSA catalyst, 6 g
of catalyst support, 50 mL of methanol fed to the reboiler, 65 °C of re-
action temperature and reaction time of 30 mins. With an initial FFA
content of 10.17 wt%, majority of the supported catalysts achieved the
lowest FFA content and sustained within FFA limit of 2 wt% when the oil
flow rate was 3 mL/min. At this flow, the FFA content of the catalysts,
EBSA/LDPE, EBSA/LDPE:AC(2:1), EBSA/LDPE:AC(1:1), EBSA/LDPE:
AC(1:2) and EBSA/AC were 1.99 + 0.55 wt%, 1.33 + 0.44 wt%, 0.88 £
0.44 wt%, 0.77 £+ 0.33 wt% and 0.66 + 0.22 wt%, respectively. As the
oil flow rate increases, larger volumes of oil could wet the catalyst
particles and more FFA molecules will reach the active sites to react with
methanol. Higher catalyst wetting is necessary to reduce the regions of
low catalyst utilization which enhances the mass transfer of reactants
towards the catalyst surface. However, the final FFA content were higher
(lower FFA conversion) when the oil flow rate increased to 4 mL/min
and above. This could be due to the larger oil films covering the catalyst
particles that increase the mass transfer resistance of methanol vapor to
the active sites thereby lowering the FFA reduction. Due to a lack of
substantial research investigations on the continuous esterification of
FFA, the effect of oil flow rate was compared with the transesterification
of rapeseed oil using TBR by Meng and Tian. They reported that the oil
conversion increased from 93% to 94% when the oil flow rate was raised
from 0.1 mL/min to 0.6 mL/min. However, the oil conversion dropped
significantly to 79% when the oil flow rate was further increased to 1.0
mL/min [52]. Hence, the optimum oil flow rate in our study is 3 mL/min
due to the satisfactory reduction in the FFA content whilst enhancing the
throughput. In addition, results of one-way ANOVA test at optimum
level showed F(4,10) = 5.28 and p = 0.02 at 95% confidence level. This
indicates at optimum oil flow rate (3 mL/min), there is a significant
difference between the final FFA content achieved by all five catalysts
due to p < 0.05.

3.5. Effect of methanol volume fed to the reboiler

The optimization of methanol volume fed to the reboiler until 140
mL is presented in Fig. 6. The fixed parameters for this step were 14 g of
EBSA catalyst, 6 g of catalyst support, 3 mL/min of oil flow rate, and 65
°C of reaction temperature and reaction time of 30 mins. With an initial
FFA content of 10.17 wt%, the lowest FFA content was achieved and
sustained within the FFA limit of 2 wt% when the methanol volume was
50 mL. At this flow, the FFA content for catalysts, EBSA/LDPE, EBSA/
LDPE:AC(2:1), EBSA/LDPE:AC(1:1), EBSA/LDPE:AC(1:2) and EBSA/AC
were 1.99 £+ 0.55 wt%, 1.33 £ 0.44 wt%, 0.88 + 0.44 wt%, 0.77 £+ 0.33
wt% and 0.66 + 0.22 wt%, respectively. There was no significant
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difference when the methanol volume was increased to 80 mL. This
could be attributed to the fact that a further increase in methanol con-
centration was ineffective owing to the coverage of oil film on the
catalyst particle that limited the access of methanol to the active sites.
The final FFA achieved were higher (lower FFA conversion) when the
methanol volume was increased to 100 mL and above. This could be due
to the higher methanol flow rate which disrupts the flow distribution of
oil when operating in a counter-current mode. This lowers the catalyst
wetting potential of the oil flow and thereby reduces the mass transfer of
oil to the active sites of the catalyst. Owing to the limited research in-
vestigations on the continuous esterification of FFA, the effect of
methanol flow rate was compared with the transesterification of sun-
flower oil in a TBR by Son and Kusakabe [53]. With an oil flow rate of
4.2 mL/h and reaction temperature of 100 °C, the conversion increased
from 80% to 95% when the flow rate of methanol increased from 1 mL/h
to 2 mL/h. However, when the flow rate was further increased to 3 mL/
h, the conversion dropped from 95% to 80%. Moreover, another study
by Ulfat Zia on biodiesel production using membrane reactor packed
with phyto-nano catalyst showed that the product yield achieved about
75% when the methanol to oil ratio was increased to 9:1 but a decline in
the yield was observed when the methanol to oil ratio was increased
further to 15:1 [54]. These two studies showed similar pattern with our
study. Hence, the optimum volume of methanol fed to the reboiler is 50
mL. In addition, results of one-way ANOVA test at optimum level
showed F(4,10) = 5.28 and p = 0.02 at 95% confidence level. This in-
dicates at optimum methanol volume (50 mL), there is a significant
difference between the final FFA content achieved by all five catalysts
due to p < 0.05.

3.6. Effect of reaction temperature

The optimization of reaction temperature up to 85 °C is presented in
Fig. 7. The fixed parameters for this step were 14 g of EBSA catalyst, 6 g
of catalyst support, oil flow rate of 3 mL/min, 50 mL of methanol fed to
the reboiler and reaction time of 30 mins. With an initial FFA content of
10.17 wt% for all types of supported catalyst, the lowest FFA content
was achieved and sustained within the FFA limit of 2 wt% when the
reaction temperature was 65 °C. The FFA content achieved for the cat-
alysts, EBSA/LDPE, EBSA/LDPE:AC(2:1), EBSA/LDPE:AC(1:1), EBSA/
LDPE:AC(1:2) and EBSA/AC were 1.99 + 0.55 wt%, 1.33 £ 0.44 wt%,
0.88 + 0.44 wt%, 0.77 + 0.33 wt% and 0.66 + 0.22 wt%, respectively at
65 °C. When the reaction temperature was increased to 70 °C and above,
the FFA content was higher, hence the FFA conversion decreased. This
could be due to the increase in the methanol vapor flow rate with
temperature which results in a rapid condensation of methanol that
eventually inhibits the methanol vapor flow rate over time. Moreover,
the polystyrene pellets used along with the supported catalyst were

—m— EBSA/LDPE
—o— EBSA/LDPEAC (2:1)
—a— EBSA/LDPE:AC (1:1)
—m— EBSA/LDPE:AC (1:2)
—e—EBSA/AC

70 80 90 100 110 120 130 140

Volume of methanol fed to reboiler (mL)

Fig. 6. Effect of methanol volume fed to reboiler on FFA reduction under the following conditions: 14 g of EBSA catalyst, 6 g of catalyst support, 3 mL/min of oil flow

rate, 65 °C as reaction temperature & 30 mins of reaction time.
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Fig. 7. Effect of reaction temperature on the FFA reduction under the following conditions: 14 g of EBSA catalyst, 6 g of catalyst support, 3 mL/min of oil flow rate,

50 mL of methanol fed to the reboiler & 30 mins of reaction time.

broken at more than 80 °C due to the thermal expansion. This disrupts
the supported catalyst distribution in the packing basket. As a result, the
supported catalyst escapes from the bed due to its smaller size and de-
creases the FFA reduction efficiency. Compared to other studies on FFA
esterification using batch reactors, it was reported that the optimum
reaction temperature was 60 °C to avoid methanol loss via vaporization
since its boiling point is 64.7 °C [8,55,56]. However, in the case of the
TBR, given the fact that are no similar studies conducted using TBRs, the
methanol was vaporized at 65 °C in the system. Hence, the optimum
reaction temperature is 65 °C. In addition, results of one-way ANOVA
test at optimum level showed F(4,10) = 5.28 and p = 0.02 at 95%
confidence level. This indicates at optimum temperature (65 °C), there is
a significant difference between the final FFA content achieved by all
five catalysts due to p < 0.05.

3.7. Effect of reaction time

The optimization of reaction time is presented in Fig. 8. The
maximum time that the supported catalyst bed can be used before it
loses its catalytic activity can be determined in this study. This study was
performed under optimized conditions: 14 g of EBSA impregnated on 6 g
of support, 3 mL/min oil flow rate, 50 mL of methanol fed to the reboiler
and reaction temperature of 65 °C. To sustain a FFA content below 2 wt
%, the maximum time for the supported catalysts, EBSA/LDPE, EBSA/
LDPE:AC(2:1), EBSA/LDPE:AC(1:1), EBSA/LDPE:AC(1:2) and EBSA/AC
were 30 mins, 30 mins, 60 mins, 90 mins and 120 mins, respectively.
Firstly, the FFA content for EBSA/LDPE was sustained within 1.99 +
0.55 wt% until 30th min. At the 60th min, the FFA content achieved was
8.40 + 0.55 wt% which exceeded the 2 wt% target. Secondly, the FFA
content using EBSA/LDPE:AC(2:1) was sustained at 1.33 + 0.44 wt%
until 30th min. At the 60th minute, the FFA content achieved was 2.43
+ 0.44 wt% which exceeded the 2 wt% target. Thirdly, the FFA content

FFA (Wt.%)

using EBSA/LDPE:AC(1:1) was sustained at 1.77 + 0.44 wt% until 60th
min. At the 90th min, the FFA content achieved was 2.65 + 0.44 wt%
which exceeded the 2 wt% target. Next, the FFA content using EBSA/
LDPE:AC(1:2) was sustained at 1.88 + 0.33 wt% until 90th min. At the
120th min, the FFA content achieved was 2.65 4 0.33 wt% which
exceeded the 2 wt% target. Lastly, the FFA content using EBSA/AC was
sustained at 1.99 £ 0.22 wt% until 120th min. At the 150th min, the FFA
content achieved was 2.88 + 0.22 wt% which exceeded the 2 wt%
target. This shows that the catalyst bed usage duration increases with
the composition of the activated carbon in the LDPE:AC hybrid support.
Hence, the catalyst supported on pure AC shows longer lifespan
compared to the catalyst supported on LDPE:AC mixture and pure LDPE.
This also indicates that the AC holds the EBSA catalyst stronger than the
LDPE due to its higher porosity. AC possesses a large surface area and a
network of pores of varying sizes, which provide more sites for the
binding of the catalyst. This increased surface area allows for stronger
bonding between the catalyst and the carbon surface. Organic acids such
as EBSA are primarily adsorbed onto the hydrophobic sites of the AC
which mainly comprises of graphene layers [57]. AC possesses func-
tional groups such as hydroxyl, carboxyl and phenolic groups on the
surface which forms strong chemical bonds with polar compounds such
as sulfonic acid. In contrast, LDPE is a non-polar polymer that has low
affinity towards polar compounds. However, the formation of activated
carbon with LDPE as a hybrid support promotes the binding of the LDPE
onto the AC surface through the weak Van der Waals forces and im-
proves the EBSA catalyst adsorption compared to pristine LDPE.

3.8. Recyclability study

Based on the maximum time limit to sustain the FFA content within
2 wt%, the number of experimental runs and catalyst consumption can
be determined and are presented in Table 4. EBSA/AC achieved the
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Reaction time (min)

Fig. 8. Effect of reaction time on FFA reduction under the following conditions: 14 g of EBSA catalyst, 6 g of catalyst support, 3 mL/min of oil flow rate, 50 mL of

methanol fed to the reboiler & 65 °C as reaction temperature.
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Table 4
Summary of recyclability study.

Supported Number of Average FFA Total yield of
catalyst experimental runs conversion (%) treated oil (g)
EBSA/LDPE: 1 90.22 165
AC(1:1) 2 82.61
1 91.30
EBS:(/:(LIDZP)E 2 84.78 247
i 3 81.52
1 92.39
2 86.96
EBSA/AC 3 83.70 330
4 80.43

lowest catalyst consumption which was 42.50 mg EBSA/ treated oil and
can be recycled for 3 times. EBSA/LDPE:AC(1:2) had a catalyst con-
sumption of 56.67 mg EBSA/ treated oil and can be recycled for twice.
The EBSA/LDPE:AC(1:1) had a catalyst consumption of 85.00 mg EBSA/
treated oil and can be recycled for once. Lastly, EBSA/LDPE:AC(2:1) and
EBSA/LDPE, both had the highest catalyst consumption of 97.15 mg
EBSA/ treated oil and cannot be recycled. The summary of the recy-
clability study is shown in Table 4 below.

3.9. Validation of optimum conditions

The EBSA catalyst supported onto LDPE:AC at different mass ratios
such as 1:0, 2:1, 1:1, 1:2 and 0:1 were optimized in this study. The re-
sults showed that under counter-current mode, the EBSA/AC was the
optimum mixing ratio with the highest conversion, 92.40% at 30 min of
reaction time, 14 g of EBSA catalyst, 6 g of catalyst support, oil flow rate
of 3 mL/min, 50 mL of methanol fed to the reboiler and reaction tem-
perature of 65 °C. The yield of treated oil was 330 g with a catalyst
consumption of 42.50 mg EBSA/ treated oil. It can be concluded that the
catalyst supported on pure AC has superior results over LDPE and LDPE:
AC supports. Although EBSA supported on LDPE offers an advantage for
continuous water removal due to its hydrophobicity, the higher surface
area and porosity of EBSA/AC were the key factors in contributing to the
higher FFA conversion. EBSA/LDPE:AC(1:1) can be considered due to its
plastic (LDPE) valorization. However, with a yield of 165 g and catalyst
consumption of 85.00 mg EBSA/ treated oil, 50% of treated oil yield was
lost in comparison with EBSA/AC. Moreover, catalyst consumption was
increased by 50% for EBSA/LDPE:AC(1:1). This results indicate the
limitations of LDPE application in the design of packed bed in TBR but
highlights their potential use.
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Table 5 below shows the comparison between our results and past
studies on FFA esterification. Generally, our results were comparable
although our study varies in terms of reactor type, counter-current
operation and the FFA limit of 2 wt% set for recyclability study.

3.10. Characterization of supported acid catalyst

FESEM imaging and EDX analyses were used to provide topograph-
ical and elemental information of the EBSA/AC and EBSA/LDPE:AC
(1:1). The FESEM images of pristine AC, EBSA/AC after reaction, and
EBSA/LDPE:AC(1:1) after reaction are presented in Fig. 9. The FESEM
images of the supported catalysts before reaction could not be obtained
due to the limitations of high vacuum operation of the FESEM machine.
Since the EBSA formed a slightly wet and reflecting layer on the catalysts
before reaction, such components could not be analysed under high
vacuum sustained in the chamber. However, EDX analysis presented in
Fig. 10 revealed that the EBSA was well impregnated into the AC and
LDPE:AC layers. Initially, the pristine AC in Fig. 10 (a) consisted of 74.4
wt% of carbon (C), 6.8 wt% of oxygen (O) with the absence of sulphur
(S). However, although the supported catalysts were analysed after their
maximum reusability limits, Fig. 10 (b) shows that the EBSA/AC con-
sisted of 75.2 wt% of element C, 12.4 wt% of element O and 1.8 wt% of
element S, while Fig. 10 (c), shows that the EBSA/LDPE:AC(1:1) con-
sisted of 88.5 wt% of element C, 12.3 wt% of element O and 2.0 wt% of
element S. The presence of sulfonic acid functional group (SOsH) of
EBSA contributed to the rise in elemental S for both EBSA/AC and EBSA/
LDPE:AC(1:1). Moreover, the increase in element C for both supported
catalysts were due to the presence of benzene ring of the EBSA.
Furthermore, the presence of elemental C in the EBSA/LDPE:AC(1:1)
were increased by the long chain of the ethylene monomers in the LDPE.
(@).

Hence, the overall results showed that the EBSA was well impreg-
nated onto the supports, AC and LDPE:AC(1:1) and could be utilized for
the esterification of FFA in the TBR.

3.11. NMR results for treated oil

The 'H NMR spectrum was obtained for treated oil after 1 run using
EBSA/AC catalyst. As shown in Fig. 11, the peak (singlet) at 3.69 ppm
represents methoxy (-OCHs) protons of FAME which confirms the suc-
cessful FFA esterification. This result aligns with a similar study by
Kawarpal Singh, where the 'H NMR spectrum of biodiesel exhibited a
peak (singlet) at 3.57 ppm corresponding to the formation of FAME

Table 5
Comparison with past studies on FFA esterification.
No.  Reactor Type Catalyst Operating Conditions Reaction FFA Conversion References
Time (%)
1. TBR (Counter-current EBSA/AC e 14 g of EBSA catalyst impregnated onto 6 120 mins e Istrun: 92.39% -

mode) g AC

ACPO flow rate: 1 mL/min

Methanol Volume: 50 mL

Reaction temperature: 65 °C

8 g of EBSA catalyst impregnated onto 6 TBR
DES/AC g AC

ACPO flow rate: 1 mL/min

Methanol flow rate: 4 mL/min
Reaction temperature: 60 °C

5 g of catalyst

Sunflower oil flow rate: 85 mL/h
Methanol flow rate: 9 mL/h

Reaction temperature: 100 °C

Catalyst dosage: 0.25%

Molar ratio of methanol to ACPO: 10:1
Reaction temperature: 60 °C

Catalyst dosage: 7%

Molar ratio of methanol to ACPO: 10:1
Reaction temperature: 60 °C

2. TBR
(Co-current)

Benzenesulfonic acid-choline chloride

3. FBR
(Co-current mode)

Amberlyst-15

4. Batch reactor Hydrochloric acid

5. Batch reactor Titanium oxysulphate sulphuric acid

e 4th run: 80.43%

e 1st run: 97.50% [58]
(Co-current)

300 mins e 1st run: 97.50% [58]

120 mins 95.95% [71

120 mins 73.45% [55]
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Fig. 9. FESEM imaging of pristine AC at (a) 5000 x and (b) 20,000 x magnification, EBSA/AC after reaction at (c) 5000 x and (d) 20,000 x magnification, EBSA/

LDPE:AC(1:1) after reaction at (e) 5000 x and (f) 20,000 x magnification.

[59]. The appearance of ester-related signal provides further evidence of
high FFA conversion (92.40%) by EBSA/AC during the first run.

3.12. Hydrodynamics study

Hydrodynamic study was conducted for EBSA/AC and EBSA/LDPE:
AC(1:1) under optimum conditions which are counter-current mode, 30
min of reaction time, 14 g of EBSA catalyst, 6 g of catalyst support, oil
flow rate of 3 mL/min, 50 mL of methanol fed to the reboiler and re-
action temperature of 65 °C. It is important to note that the hydrody-
namic parameters in this study were estimated based on the physical
properties of the raw feed materials (ACPO and methanol) prior to the
reaction. As esterification progresses, the viscosity reduced due to pro-
duction of FAME from FFA in ACPO. The formation of FAME leads to a
gradual decrease in the viscosity of the reaction mixture, which can
significantly alter the rheological behavior and impact both mass
transfer and hydrodynamics within TBR. Therefore, the current hydro-
dynamic analysis is valid primarily for the initial stage of the reaction.
Further investigations are recommended to characterize and model the
dynamic changes in viscosity throughout the reaction process to achieve
a more comprehensive understanding of the reactor performance under
actual operating conditions. Moreover, the optimized methanol volume

10

(50 mL) fed to the reboiler was expressed as gas volumetric flow rate in
this hydrodynamic study. Our calculation revealed that the time taken to
vaporize 50 mL of methanol under optimum condition is 20.74 s, hence
the methanol gas volumetric flow rate is 2.41 mL/s. Furthermore, all
constants used to calculate the hydrodynamic parameters are presented
in Table 6.

3.13. Flow regime

The flow regime is an important consideration in TBR design as it
possesses a significant impact on the hydrodynamic parameters such as
pressure drop, liquid holdup, wetting efficiency and mass transfer co-
efficients. The flow regime is influenced by parameters such as the fluid
flow rates, the physical and chemical characteristics such as density
[60]. The flow regimes in a TBR can be categorized into four regimes
which are the trickle flow, pulse flow, spray and bubbly regimes.
Charpentier and Favier proposed a flow map to identify the flow regimes
in the TBR as presented in Fig. 12 [61]. The Y-axis and X-axis co-
ordinates of the map can be determined from Egs. 3 and 4, respectively:

Y — axis : %l‘l’# 3
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Fig. 10. EDX spectra plot of (a) pristine AC, (b) EBSA/AC supported catalyst
after reaction and (c) EBSA/LDPE/AC supported catalyst after reaction.

X — axis : E# ()]
A
where,

L is the liquid oil superficial flow rate (7.07 x 1073 m/s) while G is
the methanol gas superficial flow rate (2.30 x 103 m/s). A and ¥ are the
dimensionless flow parameters determined using Eq. 5 and 6, respec-
tively [61]:

0.5
A= (p_G L) (5)
pair pwater
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where,

pgis the density of methanol vapor (1.21 kg/m®), py, is the density of
oil (915 kg/m®), p,; is the density of air (1.14 kg/m>), p,., is the
density of water (997 kg/m3), . is the viscosity of oil (3.67 x 1072 Pa.s),
Pyater 1S the viscosity of water (1.00 x 1073 Pa.s), oy, is the surface ten-
sion of 0il (3.08x 1072 N/m) and Gyater is the surface tension of water
(7.20 x 1072 N/m).

Based on the calculation using Eq. 3 & 4, Charpentier-Favier chart
indicates that under current optimized parameters (oil flow rate: 3 mL/
min & methanol vapor flow rate: 2.41 mL/s), operating regime is at the
X-axis: 0.0025, while the Y-axis: 24.58, which is under trickle flow
regime (refer to blue point in Fig. 12). The gas and liquid flow in
continuous and semi-continuous phases, respectively, occurs under the
trickle flow regime. The partial wetting of trickle flow occurs at a very
low liquid flow rate as the kinetic energy of liquid decreases and the
energy is insufficient to overcome the interfacial forces at the liquid-
solid interface [62]. However, at sufficiently high liquid flow rates,
the wetting condition changes to complete wetting where the liquid
phase completely covers the surface of the catalyst. While the trickle
flow regime possesses high stability during operations, it is less suitable
for mass transfer-controlled reactions due to its lower mass transfer rate
than the pulse regime. Under the pulse flow regime where both liquid
and gas flow semi-continuously, liquid plugs are formed when the liquid
agglomerates to fill the voids between the particles. The liquid plugs at
the catalyst surface are held together by the gas phase pockets that form
between them and consequently, higher mass transfer rates are achieved
when the visible gas and liquid-rich slugs pass through the catalysts in
alternate directions.

As a result, the vast majority of industrial TBRs are operated at the
boundary in between the pulse and trickle flow. In industries, TBR is
generally operated at trickle-pulse transition regime for enhanced mass
transfer and better catalyst utilization to boost the production capacity.
However, the current laboratory TBR is restricted to the trickle flow
regime due to its smaller design and consequently, the transition regime
could not be achieved. This agrees well with the results of Mansour Ali
that suggests that the coordinates for the laboratory/pilot TBR conforms
to the trickle regime while the coordinates for the larger industrial TBRs
conforms to the transition and beyond regimes [63].

3.13.1. Liquid Holdup

The liquid holdup in a TBR is defined as the volume of liquid per unit
bed volume. Liquid holdup can be further divided into static and dy-
namic. Static liquid holdup refers to the volume of liquid per unit vol-
ume of bed that remains trapped in the bed after draining, whereas
dynamic liquid holdup refers to the volume of liquid that flows through
per unit volume of bed. The liquid holdup affects a large number of other
hydrodynamic TBR parameters, such as the mass transfer coefficients
and wetting efficiency. The residence time of the liquid phase and the
corresponding reactant conversion depends on the liquid holdup in the
bed. Therefore, it is crucial to comprehend how the structure of the
reactor (column diameter, particle size, etc.) and its operating parame-
ters (gas and liquid flow rates, fluids' physical and chemical properties,
etc.) affect the liquid holdup. Eq. 7 to 9 are the correlations proposed by
Wammes and Mechielsen and it shows the effect of particle diameter and
liquid flow rate on the dynamic liquid holdup for low interaction regime
[64]. Note that these correlations are only applicable for TBR operating
at atmospheric conditions.

For the low interaction regime:

0.65
Liquid holdup, B, = 3.8Re?**(Ga,) ** (w) # @

€
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Fig. 11. 'H NMR, spectrum of treated oil using EBSA/AC catalyst after 1 run.
Table 6 I
Constants used for hydrodynamic parameters calculation. |
1
Item Symbol  Value Unit 1000 L
T
Diameter of sub-column D¢ 3.65x 1072 m -:
Height of sub-column Hc 1.05x 10! m 1 PULSING
Diameter of oil tube Dr 3.00 x 103 m -: FLOW
Cross section area of packing basket Ac 1.05x 1073 m3 100 |
Volume of sub-column Ve 1.10x 1074 m? _:
Cross section area of oil tube Ar 7.07 x 1076 m? L 1
Particle diameter of EBSA/AC dp(l) 1.00x 103 m El‘l’ i— TR’I:CKLING
BET surface area of EBSA/AC ay) 117.45 m%/g 10 | 245753
Porosity of EBSA/AC €& 1.70 x 1077 m®/g !
Particle diameter of EBSA/LDPE:AC(1:1) dpe2) 1.80x 102 m ',
BET surface area of EBSA/LDPE:AC(1:1) ag(2) 59.15 mz/g !
Porosity of EBSA/LDPE:AC(1:1) €2 9.00 x 108 m®/g :
Density of methanol vapor @ 65 °C Pe 1.21 kg/m® 1
Density of ACPO oL 915 kg/m? g
Density of air Pair 1.14 kg/m3 1
Density of water Pwater 997 kg/m? ':
Surface tension of ACPO oL 3.08 x 1072 N/m LR T I S S S —
Surface tension of water Gwater 7.20 x 102 N/m 0.0025 0.01 0.1 1
Viscosity of ACPO By 3.67 x 1072 Pa.s G/A
Viscosity of water Hwater 1.00 x 1073 Pass
Viscosity of methanol vapor @ 65°C ™ 114 % 10-5 Pa.s Fig. 12. Current operating regime of FFA esterification in TBR under optimized
Gravitational acceleration g 9.81 my/s? conditions *Source of map: [61].
Bed porosity ep 0.50 -
Diffusivity of methanol in oil DaL 6.00 x 107 m?/s
Diffusivity of methanol in air Das 1.64 x 1075 m?/s Table 7
Molecular weight of ACPO MW, 256 kg/kmol Liquid holdup under optimized condition.
Molecular weight of methanol MWg 32.04  kg/kmol
Type of supported Particle size, d,, Oil flow rate (mL/  Liquid holdup,
catalyst (m) min) Ba
o p.Ld, EBSA/AC 1.00 x 1072 3.00 2.46%
Reynolds number of liquid phase, Re;, = ——— 8 EBSA/LDPE:AC(1:1) 1.80 x 1073 3.00 2.38%
L
. d 3.2 AP/Z . . . . .
Galileo number, Ga, — < Pg 8(1 i / " © seen t'hat the FFA cogverswn generally increases W{th the hqu{d holdup
i PL8 and oil flow rate until 3 mL/min. However, as the oil flow rate increases

where,d,, is the particle size (EBSA/AC: 1.00 x 10~3 m; EBSA/LDPE:AC
(1:1): 1.80 x 1073 m), ep is the bed void (0.50), g is the gravitational
acceleration (9.81 m/s?), p. is the density of oil (915 kg/mg), pis the
viscosity of oil (3.67 x 102 Pa.s), L is the liquid oil superficial flow rate
(7.07 x 10~ m/s), and 4% is the pressure drop per change in the reactor
length (negligible due to TBR operating at atmospheric condition and
short length of bed).

The liquid holdup obtained with the current optimized condition (oil
flow rate of 3 mL/min) for the EBSA/AC and EBSA/LDPE:AC(1:1) are
2.46% and 2.38%, respectively, as shown in Table 7. The correlation
suggests that the liquid holdup increases with the oil flow rate. It is also

12

beyond 3 mL/min, the FFA conversion drops for both types of supported
catalysts. Initially, the FFA conversion increases with both the oil flow
rate and liquid holdup, as this increases the residence time of the oil in
the bed, which allows more FFA molecules to reach the active sites of the
catalyst and react with methanol. However, above 3 mL/min, the FFA
conversion decreases although the liquid holdup increases. This might
be due to the buildup of stagnant oil pockets in the packed bed as the oil
is retained at longer time duration. This causes a decrease in the overall
utilization of catalyst particles when the oil flows continuously through
the bed. Moreover, an increase in the liquid holdup could inhibit the
methanol circulation in the TBR system, which might reduce the FFA
reduction efficiency. Generally, EBSA/AC has a higher liquid holdup
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than EBSA/LDPE:AC(1:1) due to its higher porosity and larger surface
area to retain the liquid oil. (See Table 8.)

3.13.2. Catalyst wetting efficiency

Catalyst wetting efficiency is a critical component of TBRs since it
significantly impacts the catalyst utilization. Internal wetting refers to
the portion of the pore's surface that is covered in liquid, whereas
external wetting is the portion of external catalytic surface that is
covered in liquid film. Three different configurations of wetting are
possible which are the partial wetting, incomplete wetting and complete
wetting. The wetting efficiency can have a positive or negative effect on
the reaction rate, depending on the type of reaction. If the limiting
reactant is present in the liquid phase, then the reaction rates are
directly proportional to the amount of catalyst wetting. Consequently,
the TBR's functionality is adversely affected by the incomplete wetting.
If the limiting reactants are in the gas phase, then direct interaction with
the active sites is necessary. Hence, complete wetting negatively impacts
the TBR's functionality. The wetting efficiency of the catalyst bed is
mainly influenced by the particle size diameter and mass velocity of the
liquid and gas. The wetting efficiency drops as the particle diameter
increases. Eq. 10 below is the correlation proposed by Mills and Dudu-
kovic which predicts the wetting efficiency of the catalyst bed [65].

Wetting efficiency, ng; = 0.038:L"%.G 0‘083~d;°'373# (10)
where,L is the liquid oil mass velocity (6.4723 kg/mz.s), Gis the
methanol gas mass velocity (1.8248 kg/m?.s) and d,, is the particle size
(EBSA/AC: 1.00 x 1073 m; EBSA/LDPE:AC(1:1): 1.80 x 1073 m).

The catalyst wetting efficiency obtained from the current optimized
conditions for the EBSA/AC and EBSA/LDPE:AC(1:1) are 71.70% and
57.59%, respectively. This shows that under the current optimized
conditions, partial wetting takes place in the TBR for both supported
catalysts. The correlation suggests that the wetting efficiency increases
with the oil flow rate. It can be also seen that the FFA conversion
generally increases with the wetting efficiency and oil flow rate until 3
mL/min. However, the FFA conversion drops for both types of supported
catalysts as the oil flow rate increases beyond 3 mL/min. Initially, the
FFA conversion increases with the oil flow rate and the wetting effi-
ciency, as this allows for more FFA to bind onto the active sites of the
catalyst and react with methanol. However, beyond 3 mL/min, the FFA
conversion decreases although the wetting efficiency increases. This
might be due to the higher liquid flow rate being prone to liquid mal-
distribution. Oil rivulets may flow unevenly over the packed bed at
higher flow rate, and this leads to irregular distribution and uneven flow
paths. Consequently, the oil tends to follow the path with the lowest
resistance and increases the number of stagnant oil pocket and dry zones
within the bed. Hence, the utilization of active sites by the reactants
decreases. Moreover, higher catalyst wetting by oil reduces the direct
transfer of methanol vapor to the active sites. This causes the methanol
vapor to be transferred to the active sites through the oil layer, which
generally has higher mass transfer resistance than the direct transfer. As
a result, an optimum level of catalyst wetting efficiency must be ach-
ieved without jeopardizing the FFA conversion. Generally, EBSA/AC has
higher wetting efficiency than EBSA/LDPE:AC(1:1) due its higher
porosity and larger contact surface area with the flowing liquid.

Table 8

Catalyst wetting efficiency under optimized conditions.
Type of Particle 0Oil flow Methanol flow Wetting
supported size, d, (m) rate (mL/ rate (mL/s) Efficiency, n
catalyst min)
EBSA/AC 1.00 x 1072 3.00 2.41 71.70%
EBS%LDPE:AC 1.80x 10 3.00 2.41 57.59%
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3.13.3. Mass transfer coefficients

Mass transfer can be categorized into gas-liquid, liquid-solid and gas-
solid mass transfer. The gas-liquid mass transfer rates are affected by the
particle size diameter, gas and liquid flow rates, fluid properties and
reactor operating conditions. The influence of particle size diameter on
the gas-liquid mass transfer rates is greater than the reactor configura-
tion (diameter, height). In addition to the particle size, the gas and liquid
throughputs have a significant impact on the gas-liquid mass transfer
rates. The higher flow rates of gas and liquid enhance their interaction
and increase the gas-liquid interfacial area. Eq. 11 to 16 below are the
correlation proposed by Wild and Larachi for low interaction regime
[66]. The gas-liquid interfacial area is calculated based on correlation
suggested by Hirose and Toda [67].

For low interaction regimes:

34
keracLdy 4|y 025m 0210702605 [ @vdn 02 an
D—:2><10 Xe “’Re;“We;“Sc 1—¢
AL B
Modified Lockhart — Martinelli number, X; = %1 /%G 12)
L
.. dePpL
Weber number of liquid phase, We, = —>* 13)
L
Schmidt number of liquid phase, Sc; = at 14
pLDAL
1653
Hydraulic diameter,d, = d, % (15)
In(1 — ep)
Gas — liquid interfacial area, ag, = 175 ¢ d, *®  G® ¢ L*%% (16)

where,

kg, is the gas-liquid mass transfer coefficient (m/s), ay is the particle
surface area per unit bed volume (EBSA/AC: 1.71 x 107 m’l, EBSA/
LDPE:AC(1:1): 8.52 x 10° mfl), agy, is the gas-liquid interfacial area
(EBSA/AC:  96.68 m? EBSA/LDPE:AC(1:1): 60.41 m? and
Dy is the diffusivity of methanol gas in liquid oil (6.00 x 10~7 m?%/ s), L
is the liquid oil superficial flow rate (7.07 x 1073 m/s), G is the meth-
anol gas superficial flow rate (0.0023 m/s), pgis the density of methanol
vapor (1.21 kg/mg), py, is the density of oil (915 kg/mB), o1, is the surface
tension of oil (3.08 x 1072 N/m), pis the viscosity of oil (3.67 % 1072
Pa.s), ep is the bed void (0.50).

The liquid-solid mass transfer rate is determined by the amount of
liquid contact with an accessible solid surface. The liquid flow rate in-
creases the wetting efficiency, which raises the liquid-solid mass transfer
rates. Considering that the mass transfer rates cannot be determined
without accounting for the catalyst wetting efficiency, Eq. 17 and 18
below is the correlation proposed by Chou which includes the wetting
efficiency as a parameter along with the liquid-solid mass transfer co-
efficient [68]. Constant a and b are 1.84 and 0.48 respectively [69].

1
NexSh = a-Re,”-Scy3# a7
_ kisdn
Sherwood number, Sh = # (18)
AL
where,
kisis the liquid — solid mass transfer coefficient (m/s),ng; is the

wetting efficiency, Dy, is the diffusivity in oil phase (6 x 1077 m?%/
s),d, is the particle size (EBSA/AC: 1.00 x 1073 m; EBSA/LDPE:AC(1:1):
1.80 x 1073 m).

The gas-solid mass transfer rate is also necessary when the catalyst
particles are partially wetted. The gas phase reactants and the external
catalyst surface make direct contact when dry spots are present on the
catalyst surface. The gas-solid mass transfer coefficient can be deter-
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mined using the correlation proposed by Kiel and Prins as shown in Eq.
19 to 22 below [70].

1 1
Sherwood number, Sh = 2.0 + 0.6Reg2Sci# 19
_ Kesdh
Sherwood number, Sh = +# (20)
DAL
PsGdp
Reynolds number of gas phase, Reg = p_# 21)
G
[

Schmidt number of gas phase, Scg = (22)

PcDas

where,

kgs is the gas-solid mass transfer coefficient (m/s), Dag is the diffu-
sivity of the methanol gas phase in air (1.64 x 1075 mz/s), G is the
methanol gas superficial flow rate (0.0023 m/s), pgis the density of
methanol vapor (1.21 kg/rns), d,, is the particle size (EBSA/AC: 1.00 x
1073 m; EBSA/LDPE:AC(1:1): 1.80 x 1073, Hgis the viscosity of meth-
anol vapor (1.14 x 107° Pa.s) and &g is the bed void (0.50).

As presented in Table 9 below, the gas-liquid mass transfer co-
efficients calculated using Eq. 11 for EBSA/AC and EBSA/LDPE:AC(1:1)
are 8.51 x 107* and 1.54 x 103 ms™?, respectively. The liquid-solid
mass transfer coefficients calculated using Eq. 17 to 18 for the EBSA/
AC and EBSA/LDPE:AC(1:1) are 4.14 x 107> and 3.80 x 1073 ms~},
respectively. Lastly, the gas-solid mass transfer coefficients calculated
using Eq. 19 to 22 for the EBSA/AC and EBSA/LDPE:AC(1:1) are 5.61 x
1072 ms™! and 3.23 x 1072 ms™}, respectively, For both types of sup-
ported catalysts, the gas-liquid mass transfer is the slowest while the gas-
solid mass transfer is the fastest. Faster gas-solid mass transfer indicates
that when the TBR operates in the trickle flow regime where oil is the
dispersed phase and methanol vapor is the continuous phase, the
methanol vapor tends to flow along the pathway with the lowest resis-
tance, which is the direct transfer to the active sites instead of using the
oil layer as a medium to reach the active sites. This consequently reduces
the gas-liquid mass transfer due to its higher resistance. It can be also
seen that the liquid-solid and gas-solid mass transfer is faster in the
EBSA/AC compared to the EBSA/LDPE:AC(1:1). This might be due to its
higher catalyst wetting, lower particle size and porous structure of the
AC in EBSA/AC which retains more liquid oil layer and facilitates more
methanol molecule to be channeled to the active sites compared to the
EBSA/LDPE:AC.

The successful design of high-performance reactors requires a deep
understanding of physical transport phenomena and material science.
Effective reactor performance relies on optimizing mass transfer among
reactants [70]. Furthermore, the selection of reactor materials is
essential for developing novel green inhibitors; understanding surface
chemistry is critical to significantly improving the corrosion resistance
of alloys in acidic and saline mediums [71-73]. These technical con-
siderations are essential for scaling up next-generation fuel cell config-
urations and high-efficiency chemical reactors [74].

Table 9
Mass transfer coefficients under optimized conditions.
Type of Particle Gas-Liquid Liquid-Solid Gas-Solid Mass
supported size, d,, Mass Transfer Mass Transfer Transfer
catalyst (m) Coefficient, kg, Coefficient, kys Coefficient, kgs
(m/s) (m/s) (m/s)
EBSA/AC i'(?gx 8.51 x 107* 414 x 1073 5.61 x 1072
EBSA/
1.80 x 3 3 2
LDPE:AC 3 1.54 x 10 3.80 x 10 3.23 x 10
a1 10
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3.14. Mechanism of Free fatty acid esterification in trickle bed reactor

Mechanism of FFA esterification in TBR system compromises various
steps of mass transfer and surface reaction which determines the overall
reaction rate [27]. Step 1 is the transport of methanol molecules in gas
phase to bulk liquid oil phase. Step 2 is the transport of both methanol
and FFA molecules to the surface of supported catalyst, EBSA/AC and
EBSA/LDPE:AC (1:1). Step 3 is the intraparticle diffusion of methanol
and FFA molecules within the pore of supported catalyst. Step 4 is the
adsorption of methanol and FFA molecules on the catalyst sites and
surface chemical reaction of adsorbed methanol and FFA to yield FAME
and water. Lastly, step 5 is the desorption of FAME and water to the bulk
liquid oil phase. Fig. 13 and Fig. 14 illustrate the proposed mechanism of
FFA esterification in TBR packed with EBSA/AC and EBSA/LDPE:AC
(1:1), respectively.

In Fig. 13, the EBSA/AC catalyst benefits from the high surface area
and well-developed pore structure of AC, which facilitates efficient mass
transfer and diffusion of methanol and FFA to the catalytic sites. The
accessible pores and abundant active sites ensure rapid adsorption,
surface reaction, and desorption of the products (FAME and water).
Among all tested catalysts, EBSA/AC achieved the highest FFA conver-
sion and the lowest catalyst consumption. This highlights the superior
catalytic efficiency and optimal utilization of the active phase due to the
favourable physical characteristics of AC.

In Fig. 14, the incorporation of LDPE into the support structure in-
troduces hydrophobicity, which aids in the continuous removal of
water, a by-product that can inhibit the acid-catalyzed reaction. How-
ever, the presence of LDPE also partially obstructs the pores and reduces
the effective surface area of activated carbon, limiting the access of re-
actants to the active sites. Consequently, while EBSA/LDPE:AC(1:1) still
demonstrated high catalytic activity and acceptable FFA conversion, it
was slightly less efficient compared to EBSA/AC and required a higher
catalyst consumption for similar performance.

EBSA/AC catalyst remains the most efficient in terms of both con-
version and catalyst economy, making it a more favourable choice for
FFA esterification in TBR.

4. Conclusions

In this study, EBSA catalyst was supported on LDPE and AC hybrid
with 5 different mass ratios and these supported acid catalysts were used
to perform esterification of ACPO with a FFA content of 10.17 wt% using
TBR. Characterization of the supported catalysts were done, and results
show that the EBSA was well impregnated on both AC and LDPE:AC(1:1)
supports. All experiments were conducted in counter-current mode due
to its higher conversion in comparison with co-current mode. EBSA/AC

Pore
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. Water

Methanol ACPO
gas liquid

4-ethylbenzenesulfonic acid
phase phase (Active site)

Fig. 13. Mechanism of FFA esterification in TBR packed with EBSA/AC.
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Fig. 14. Mechanism of FFA esterification in TBR packed with EBSA/LDPE:
AC(1:1).

achieved the highest yield of treated ACPO and the lowest catalyst
consumption since it can be recycled for 3 times under the following
optimum conditions: 14 g of EBSA catalyst impregnated onto 6 g of AC,
oil flow rate of 3 mL/min, 50 mL of methanol fed to the reboiler, reaction
temperature of 65 °C. It was found that TBR was operated under the
trickle flow regime and hydrodynamic parameters such as liquid holdup,
catalyst wetting efficiency, liquid-solid mass transfer coefficient and gas-
solid mass transfer coefficients were higher for EBSA/AC compared to
EBSA/LDPE:AC(1:1). Overall, the optimization and hydrodynamics
studies highly recommended to apply EBSA/AC without LDPE to gain
high yield of treated oil and achieve better hydrodynamics. However,
this study shows the feasibility and potential use of polyethylene-
activated carbon hybrid supported catalyst for continuous FFA
esterification.

Having said that, several limitations should also be considered.
Firstly, current study focused primarily on the initial stage of esterifi-
cation, using hydrodynamic parameters derived from raw material
properties. Secondly, current study may not fully capture the complex-
ities of industrial-scale operations which includes fluctuating incoming
properties, scale-dependent hydrodynamics and fouling behavior.
Thirdly, long-term stability and regeneration potential of catalyst were
not extensively investigated. Understanding catalyst lifespan is essential
for ensuring cost-effectiveness and sustainability.

Addressing these limitations in future studies would further
strengthen the practical relevance and applicability of this catalytic
system. This can be done through scale-up studies to industrial scale to
validate reactor performance under real process conditions, studies on
catalyst stability and regeneration to assess the long-term performance
and reusability of supported catalysts and life cycle assessment and
techno-economic analysis (TEA) to evaluate environmental effect and
financial viability at a commercial scale.
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